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An overview of the current status of low-rank coal upgrading technologies is pre-
sented in the paper, particularly with respect to drying and dewatering proce-
dures. In order to calculate the significant parameters of the moisture removal 
process, a model of convective coal drying in a fluid bed, based on the two-phase 
(bubbling) fluidization model proposed by Kunii and Levenspiel, is developed 
and presented. Product-specific data (intraparticle mass transfer, gas-solid mois-
ture equilibrium) related to the particular coal variety addressed here (Kolubara 
lignite) are obtained through preliminary investigations. Effective thermal con-
ductivity of the packed bed as defined by Zehner/Bauer/Schlunder is used to de-
fine heat transfer mechanisms occurring in the suspension phase of the fluid bed. 
A completely new set of experimental data obtained has been successfully used to 
validate the model additionally. 
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Introduction 
Based on energy strategy it is expected that lignite (low-rank coal) will continue to 
be the main energy source used in Serbian power plants, mainly due to the fact that it is the 
most abundant and cheapest fossil fuel available. Lignite in particular, with its deposits found 
and extensively exploited in Serbia (as well as in many other European countries) is charac-
terized by relatively low sulfur content, with moisture content of 25-70% and low energy out-
put. The presence of moisture in coal reduces coal friability, negatively affecting the quality 
of grinding, as well as pneumatic transport of pulverized coal. Reduced moisture level in coal 
results in increased power plant efficiency, reduced ash disposal requirements and reduced 
pollutant emissions. On the other hand, upgrading processes used to reduce the moisture con-
tent in coal cause an increase in combustion temperatures, due to the higher calorific value 
achieved at the expense of reduced moisture. There are several options to reduce moisture 
content of low-rank coals. The methods used may be divided into two main groups: conven-
tional evaporative drying (direct or indirect dryers, packed or fluid bed dryers, rotary kiln, 
etc.) and non-evaporative dewatering processes (mechanical thermal expression, hydro-
thermal dewatering, etc.).  
The main objective of the work presented in this paper is to provide a brief overview 
of the current status of low-rank coal upgrading technologies, particularly addressing utiliza-
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tion of drying technologies, as well as to propose appropriate calculation method for evaluat-
ing parameters of the coal pre-drying process. The packed bed drying model was developed in 
the past and validated for biological materials [1-4], but also successfully used to depict dry-
ing of Kolubara lignite [5]. The paper reflects on possible upgrades of this model so as to be 
suitable for simulation of the fluid bed drying process. Product-specific kinetic data drying 
coefficient and equilibrium data (moisture isotherms) of the solids (lignite) are derived from a 
very small-scale experiments [6], while heat and mass transfer coefficients, indicative for heat 
and mass transfer phenomena between a solids surface and surrounding gas in a packed bed 
(e. g. in the solids-gas suspension of the fluid bed), αS,G and βS,G, being dependent on internal 
structure of the dried solids, are expressed in general terms, using non-dimensional correla-
tions and applying the Zehner, Bauer and Schlunder model [7]. 
Removal of moisture from low-rank coal 
The most commonly used procedures for reduction of moisture content in low-rank 
coals may be classified into two categories, according to the basic principle of moisture re-
moval [8, 9]: 
(1) Drying procedures: 
– Flue gas mills: (a) Drying with hot flue gases, (b) Drying with cold flue gases. 
– Fluid bed dryers: (a) heated air (moderately – up to 80 °C) [10, 11], (b) inert gases (nitro-
gen, etc.) dryers, (c) superheated steam (SHS) dryers:  − DWT (Dampf Wirbelschicht Trocknung), steam fluid bed drying, − WTA (Wirbelschicht Trocknung mit interner Abwarmenutzung), fluid bed drying 
with internal heat recovery, performed at atmospheric pressure, − DDWT (Druckaufgeladene Dampf-Wirbelschicht-Trocknung), steam fluid bed dry-
ing with internal heat recovery, performed under high pressure (up to 6 bar). 
– Other dryers: (a) high pressure pneumatic dryers, (b) steam heated rotary tube dryers,  
(c) Fleissner drying procedure (combined SHS and air treatment),  
(2) Dewatering procedures: 
Mechanical dewatering – centrifugal dehydration, mechanical thermal expression 
(MTE) process [12-16], hydro-thermal dewatering process [17-20]. 
Energy consumption related to mentioned procedures is presented in tab. 1 and fig. 1. 
It is noticeable that dewatering procedures usually require less energy than conven-
tional drying procedures. Still, the SHS drying processes (Fleissner, WTA) are also character-
ized by lower energy consumption compared to other drying procedures, while the fluid bed 
SHS drying with heat recovery, i. e. WTA drying, developed by RWE Power AG, certainly 
has the lowest energy consumption of all coal drying technologies. Use of SHS for coal dry-
ing has a number of advantages, including: (1) improved safety through reduced risk of ex-
plosion or fire (non-oxygen gas), (2) significant reduction in dust emission, (3) increased dry-
ing rates and thermal efficiency, and (4) improved coal grinding ability. 
Consequently, particular attention is paid to fluid bed dryers, which are enabling in-
tensive contact between fluidization gas (hot air, flue gases or steam) and solids (material be-
ing dried). Gas flow-rate has to be such sufficient that pressure-drop, needed to achieve the 
required state of fluidization (to overcome particle weight and bring the particles in the state 
of levitation), is reached. Fluidization gas also acts as a drying agent (supplies energy required 
for drying and removes evaporated moisture). In case that steam (water vapor) is used as flu-
idization gas, flow-rate of the gas stream leaving the fluid bed needs to be higher so as to 
compensate for evaporated water. It is possible to make additional use of this steam (after  
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Figure 1. Specific energy demand for water 
removal using different drying technologies [9]; 
TD – thermal dewatering, MD – mechanical 
dewatering, MTE – mechanical thermal 
expression, WTA – steam fluid bed dryer with 
internal heat recovery, SFBD – steam fluid bed 
dryer, SHRTD – steam heated rotary tube dryer
 Table 1. Comparison of energy consumption 
for various coal dryers [21] 
 
Dryer type 
Energy  
consumption 
[kJkg–1 water  
removed] 
Rotary dryer 3700 
Rotary tube dryer 2950-3100 
Chamber dryer 3150 
Pneumatic dryer 3100 
Fluid bed dryer 3100-4000 
Fleissner process SHS 1300-1750 
Fluid bed dryer SHS
with heat recovery (WTA) 450 
being appropriately treated in order to remove impurities) by means of: (1) recirculation – 
back into the fluid bed, (2) condensation – in a heat exchanger (where steam would give up its 
latent heat during condensation), or (3) recompression – utilization as overheated steam. En-
ergy can be supplied into the fluid bed by means of the heaters (tubes with hot gas or steam 
flowing inside) immersed in the bed. 
Modeling of convective drying 
It is well known that conventional evaporative convective drying involves complex 
transport phenomena mixed up in three consecutive processes. The first one is moisture (liq-
uid) movement in solids, occurring from the wet interior towards the gas-solid interface (in-
ternal pore, particle surface, etc.). This process is slower in larger solids and/or materials with 
low moisture content. The second one is evaporation facilitated by heat (energy) supplied ei-
ther externally or taken from the solids and used to transform liquid into vapor. The last one is 
vapor movement to the surrounding gas by diffusion and convection. The slowest of the pro-
cesses will determine the drying rate. Prediction of falling-rate drying kinetics by theory alone 
is very difficult and accurate small-scale experiments are required instead. It is possible to es-
timate drying rates under different conditions by applying concepts such as the characteristic 
drying curve, [22, 23], etc., or the drying coefficient, [24, 25], etc. 
Much work has been done to model and analyze both continuous and batch fluid bed 
dryers [26-36]. Each of the models developed has its own specificity, but with a common fea-
ture of utilizing the fluidized state specific heat and mass transport coefficients. This paper, 
however, presents an exclusive mathematical model developed to describe heat and mass 
transfer between solid, gas, and bubble phases, based on the two-phase (bubbling) fluidization 
model proposed by Kunii and Levenspiel [37]. The model rests on the basic idea that heat and 
mass transfer between gas and particles (i. e. the drying process) in suspension phase, as in the 
case of packed bed of particles, may be calculated using the drying coefficient approach, car-
rying out calculations for the elementary layers (volumes) and using the general expressions 
for the entire bed. The influence of particle mixing, taking place in mobile beds (fluid bed, vi-
brated fluid bed, rotary bed, etc.), induced by bubble flow in the fluid bed, is related to the dif-
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fusion term in respective differential equations and is taken into account through reported par-
ticle diffusion coefficients [37]. 
General equation 
Differential equations describing conservation of general dependent variable, Φ, in 
case of an unsteady problem, can be expressed in the general form, as proposed by Patankar [38]: 
 ( )( ) div u div( grad ) SΦ Φρ Φ ρ Φ Γ Φτ
∂ + = +∂
?  (1) 
The terms seen in eq. (1) are denoted as the unsteady term, the convection term, the 
diffusion term, and the source term, respectively. Expressions for general diffusion coeffi-
cient, ΓΦ, and the source term, SΦ, depend on the physical meaning of the variable Φ. In con-
vective drying, moisture content, X, and enthalpy (i. e. temperature, TS) of the material being 
dried, as well as humidity, Y, and enthalpy (i. e. temperature, TG) of the used drying agent, 
represent particular cases of the general dependent variable to be determined. 
Packed bed model 
With the intention to analyze convective drying in a packed bed, an unsteady-state 
1-D mathematical model, already validated for different biological materials (corn grains, 
soybean, potato cubes, poppy seeds, etc., see [1-4]), was developed in the past. This model, 
describing simultaneous heat and mass transfer between the gas phase and the dried product 
during convective drying in a packed bed, rests upon the following assumptions: 
– drying parameters vary in 1-D only, namely in a direction of gas flow (usually vertical), 
and only changes of the parameters in this direction are addressed and discussed, 
– all solids are of the same size, shape, and density at one moment in time, 
– the gas-solid interface is at thermodynamic equilibrium, 
– the product drying rate is calculated by applying the drying coefficient principle, and 
– dispersion of mass or heat in the considered gas flow direction is neglected. 
In order to define heat and mass balances the system of partial differential equations 
can be written applying the eq. (1) and implementing the assumptions mentioned [5, 39]. 
Fluid bed model 
Fluid bed model describes principally the heat and mass transfer phenomena taking 
place between solid, gas, and bubble phases. It is based herein on the two-phase (bubbling) 
fluidization model developed by Kunii and Levenspiel [37]. In accordance with this model, in-
itial mass flow-rate of the gas phase is divided into a portion flowing through the suspension 
phase, assuming that suspension phase is at the state of minimum fluidization, and another por-
tion (excess gas) flowing through the bubble phase. The basic approach in this work is to calcu-
late heat and mass transfer rates between gas and solid particles (i. e. the drying process) in 
the suspension phase, such as in the case of packed bed of particles, making it possible to up-
grade the packed bed model into the fluid bed model. 
Besides the assumptions made for the packed bed model, fluid bed model rests upon 
the following additional assumptions: 
– the suspension phase is in the state of minimum fluidization (considered as a packed bed), 
– the excess gas is flowing through the bubble phase (particle-free gas), 
– bubbles are of the same size and uniformly distributed across the one cross-section, 
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– every uprising bubble drags the solids in its wake, causing the dragged solid particles to 
sink back through the suspension phase, in that manner causing mixing of the solids, and 
– gas generated by moisture evaporation from the particle surface is distributed through the 
bubble phase, causing different size of bubbles to form in the uprising cross-sections of the 
bed. 
Consequently, a system of partial different equations derived based on eq. (1) and 
adjusted to the case of convective drying in a fluid bed can be written: 
Conservation of moisture in bubble phase (particle-free gas) 
 G,B,d B G,B G,B,d B G,B,d BE B E B( ) ( ) ( ) ( )M Y u M Y M K Y Yzτ
∂ ∂+ = −∂ ∂  (2) 
Conservation of moisture in suspension phase 
gas: G,E,d E G,E G,E,d E G,B,d BE B B E m( ) ( ) ( ) ( )M Y u M Y M K Y Y Mzτ
∂ ∂+ = − +∂ ∂ ?  (3) 
solids: SS,d S S,d S,d eff m( ) ( )
uM X u M X M D M
z z zτ
∂∂ ∂ ∂ ⎛ ⎞+ = −⎜ ⎟∂ ∂ ∂ ∂⎝ ⎠
?  (4) 
Conservation of enthalpy, bubble phase 
 G,B,d B B G,B G,B,d B B B BE B E B( ) ( ) ( ) ( )M c T u M c T V H T Tzτ
∂ ∂+ = −∂ ∂  (5) 
Conservation of enthalpy, suspension phase 
gas: G,E,d E E G,E G,E,d E E
B BE B B E S,G b S E V E S m
( ) ( )
( ) ( ) ( ) ( )
M c T u M c T
z
V H T T a V T T c T T M
τ
α
∂ ∂+ =∂ ∂
= − + − + − ?
 (6) 
solids: 
( )
S
S,d S S S S,d S S S eff
S,G b E S m
( ) ( )
TM c T u M c T V
z z z
a V T T rM
λτ
α
∂∂ ∂ ∂ ⎛ ⎞+ = +⎜ ⎟∂ ∂ ∂ ∂⎝ ⎠
+ − − ?
 (7) 
Equation of continuity for gas phase 
 G G G m( )M u M Mzτ
∂ ∂+ =∂ ∂ ?  (8) 
Initial gas phase mass flow-rate, G,inM? , can be divided, according to the two-phase 
(bubbling) fluidization model, into a portion flowing through the bubble phase, BM? , and a 
portion flowing through the suspension phase, EM? : 
 G,in G G,in B E B G G,B B G G,E(1 )M A u M M Af u A f u= = + = + −ρ ρ ρ? ? ?  (9) 
where uG,in is the superficial velocity i. e. the gas velocity in a free cross-section of the bed 
and  A and fB are bubble phase volume fraction. Then, gas velocity through the suspension 
phase, uG,E, and through the bubble phase, uG,B, can be obtained from: uG,E = uG,mf/ψmf, and  
uG,B = uG,in/fB – uG,E(1 – fB)/fB. 
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The suspension phase is in the state of minimum fluidization and can be approxi-
mated by a packed bed having the bed void fraction [37]: 
 
0.029 0.0212
0.72 G G
mf S 3
SG S G S
0.586
( )g d
η ρψ φ ρρ ρ ρ
− ⎡ ⎤ ⎛ ⎞= ⎢ ⎥ ⎜ ⎟−⎢ ⎥ ⎝ ⎠⎣ ⎦
 (10) 
As in the case of fluid bed (as well as the packed bed), there is no directed move-
ment of the solids, meaning that the solids velocity is set to uS = 0. 
Dispersion coefficient of the solids can be calculated [37]: 
 
2
2mf
eff B G,in G,mf
B G,mf
( )
3
kD d u u
f u
ψ= −  (11) 
where dB is the bubble diameter defined [40]: 
 0.4 0.8 0.2B G,in G,mf 00.54( ) ( 4 ) gd u u h A
−= − +  (12) 
where h is the height of the bubble (i. e. cross-section of the bed) above the fluid bed inlet 
zone, and A0 is the cross-section of the opening, which represents a characteristic of flow dis-
tributor. 
It is important to note that a system of partial different equations for the case of con-
vective drying in a packed bed can be easily obtained from already presented eqs. (2)-(8) by 
means of: 
(1) removal of eq. (2) and (5) – being related to the bubble phase, 
(2) simplification of eq. (3) and (6) by deleting the source terms related to the bubble phase, 
having (KBE)B, i. e. (HBE)B, 
(3) simplification of eq. (4) and (7), by deleting the diffusion terms (having Deff, i. e. λeff) – 
absence of solids dispersion in a packed bed. 
Source terms 
Moisture transport from the interior to the surface of the solids is a more complex phe-
nomena due to variety of involved mechanisms (capillarity, diffusion, thermal diffusion, bulk 
and molecular flow, surface diffusion) that depend on the structure of the product involved. 
The moisture flow-rate from the interior to the surface of the solids is expressed em-
pirically: 
 m S,d sf,eq( )iM M k X X= −?  (13) 
where ki is the internal moisture transport coefficient (the already mentioned drying coeffi-
cient). 
Moisture transported from the interior to the surface of the solids has to be subse-
quently transferred to the surrounding gas. It is assumed that the solid surface and the gas in 
its immediate vicinity are in the state of hygroscopic equilibrium. Therefore, the flow-rate of 
evaporated moisture can also be expressed: 
 m G,d S,G b eq( )M M a Y Yβ= −?  (14) 
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Since eq. (13) and (14) are coupled by the state of equilibrium, they have to be 
solved simultaneously. The unknown variables Yeq and Xsf,eq (equilibrium gas solids and mois-
ture content at the solid surface, respectively) must meet the hygroscopic equilibrium re-
quirement for specific moisture level on the surface of a specific product. The empirical dry-
ing coefficient, ki, must also be specified for the particular product considered. On the other 
hand, the gas-side mass transfer coefficient, βS,G, may be obtained from general, non-product-
specific equations. 
Parameter estimation 
Due to the complex water-solid bonding mechanisms, the equilibrium between a 
certain material and air at a given temperature (sorption isotherm) can only be determined ex-
perimentally, and is usually correlated empirically. For this purpose, the empirical relation-
ship proposed by Stefanović et al. [6]: 
 eq1 e
Bϕ− =  (15) 
where  
eqat
eq
Vsat
eq eq
G
(1 )
Yp
Mp Y Y
M
ϕ =
+ − ??
 
and  0 S eq
a bB B T X= −  (16) 
with TS expressed in K is used. 
The same authors [6] have proposed an expression for the internal moisture transport 
coefficient (drying coefficient) ki from eq. (13) that accounts for the overall resistance to 
moisture transport in the material, namely: 
 S S
0
D Tn n
i K
Xk A d T
X
=   (17) 
with TS in °C and dS in m. 
All parameters in eq. (16) (B0, a, b) were 
determined during preliminary investigations 
[6], for the same type of Kolubara coal using a 
well-known static equilibration method applied 
for the small specimen of salt solutions over-
saturated with air. The parameters obtained 
were later used in measurement of sorption iso-
therms that were then correlated based on  
eq. (15) and shown in fig. 2. Drying kinetics 
experiments, carried out by the same authors, 
were performed in very thin beds (only one or 
two particle layers) comprised of 5.1 mm and 
20 mm diameter coal pieces with moisture con-
tent of 0.02 kg/kg and 0.04 kg/kg, using air at temperatures between 60 °C and 200 °C and 
with flow velocities of 1 m/s and 2 m/s. Air parameters can be assumed to remain approxi-
mately constant during its flow through thin layers described, thereby enabling the parameters 
 
Figure 2. Moisture isotherms for Kolubara 
lignite 
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in eq. (17) (AK, nD, nT) to be derived directly,compared with [41]. All product-specific param-
eters of hygroscopicity and coal particle-side drying kinetics are summarized in tab. 2. 
Table 2. Parameters of sorption equilibria, eq. (16), and drying kinetics, eq. (17), for lignite [6] 
Opposite to the previously discussed coefficients, the heat and mass transfer coeffi-
cients describing phenomena occurring between particle surface and gas in a packed bed (sus-
pension phase of fluid bed as well), αS,G and βS,G, do not depend on the internal structure of 
the product. As reported in the literature, they have been investigated extensively and are gen-
erally expressed in terms of suitable non-dimensional correlations, which can be defined on 
the basis of transport characteristics discussed later on. 
Transport characteristics 
Thermal conductivity of the packed bed 
Effective thermal conductivity of the packed bed (λb), can be consistently defined 
from the model after Zehner, Bauer and Schlunder [7]:  
 bb
F
k λλ=  (18) 
 b c1 1 1k kψ ψ= − − + −  (19) 
with 
10/9
S S
c 2
S
S
S
S F
12 1 1 1ln , 1.25 ,
2
1 ,
k kB B Bk B
N k B NN
BN k
k
ψ
ψ
λ
λ
⎛ ⎞− ⎛ ⎞+ − −= − − =⎜ ⎟ ⎜ ⎟⎝ ⎠⎝ ⎠
= − =
 
Prevailing heat transfer mechanism 
Transient thermal breakthrough in porous media (i. e. packed bed) is generally influ-
enced by the additive mechanisms [42]. 
(1) Axial heat transfer (A1) 
 
2
ax
1
S F
(1 *)
Pe
KA λλ
+= , (20) 
with: ax F b F S/ / Pe /2,λ λ λ λ= +  S F* (1 )/ ( ) /( ) ,K c cψ ψ ρ ρ= − ⋅  S G,in F S FPe ( ) / ,u c dρ λ= ⋅  
where λax denotes thermal conductivity in axial (fluid flow) direction, ρ and c in (ρc)F and 
(ρc)S represent density and specific heat capacity of the fluid and the solids, respectively, dS is 
equivalent diameter of the solids, and PeS is Peclet criterion. 
Kinetics Equilibria
AK, after eq. (14) nD, [–] nT, [–] B0, after eq. (12) a, [–] b, [–] 
0.0005 –1.2 3.3 –14.027 0.62 2.7 
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(2) Fluid-to-solids heat transfer (A2) 
 
2
S
2
S b
* Pe
Nu S
KA
a d
=  (21) 
where ab is bed specific surface area, and Nusselt criterion can be obtained from Gnielinski [43]: 
 2 2S lam turbNu 2 Nu Nu= + +  (22) 
with 
0.8
S3
lam S turb 30.1 2
S
0.037 Re PrNu 0.664 Pr Re , Nu
1 2.443 Re ( Pr 1)−
= =
+ −
 
(3) Heat transfer inside the solids (A3): 
 
2
S
3
S
F
* Pe
60(1 )
KA λψ λ
=
−
 (23) 
It is convenient to jointly address previously described heat transfer effects, by de-
fining the equivalent Nusselt criterion: 
 
2
S
S
1 2 3 b S
* Pe
Nu *
( )
K
A A A a d
= + +  (24) 
The gas-side heat transfer coefficient, αS,G, is calculated then from the expression: 
 
*
S G
S,G
S
Nu
d
λα =  (25) 
Definitions of mass transfer mechanisms are similar to those describing the heat 
transfer mechanisms, but characterized by corresponding effective diffusion coefficient, δeff, 
and molecular Peclet criterion DS G,in S effPe / .u d δ=  For example, axial mass dispersion, Dax, 
is obtained from the expression: 
 
D
ax eff SPe
2
D δ
δ δ= +  (26) 
Minimum fluidization velocity 
Minimum fluidization velocity, uG,mf, can be calculated from: 
 Gmf S,mf
G S
Reu
d
η
ρ=   (27) 
where 2 0.5S,mf 1 2 SRe ( Ar ) ,κ κ= +  with [44] 1κ = 24, 2κ = 0.049. 
Numerical procedure 
A numerical procedure based on a method developed by Patankar [38] has been 
used to solve the partial differential equations. Equations (2)-(8) are discretized using the con-
trol-volume method, i. e. the packed bed, while the fluid bed is divided into a finite number of 
control volumes by utilizing a vertical grid. The iterative line-by-line method is used to solve 
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the linearized algebraic equations, with recurrence formula applied to calculate the variable 
corresponding to every line. The same procedure was then implemented for all the lines in 
one direction. This method, called the Thomas algorithm or the tri-diagonal-matrix algorithm, 
is described in detail by Patankar [38]. 
Calculation procedure starts with the first control volume and is continued for the 
adjoining control volume, when looking in the gas flow direction (axial direction of the bed), 
but only after the balance preconditions, specified by eqs. (2)-(8), are met. The fact that there 
is no directed movement of the solids inside the packed and/or the fluid bed (uS = 0), i. e., the 
absence of convection terms in eqs. (4) and (7), does not affects calculation of the height-
dependent variation of solid moisture content and enthalpy, but creates some numerical, sta-
bility-related problems. In spite of this, convergent solutions could always be obtained 
through appropriate selection of under-relaxation factors [38]. 
Validation of packed bed model 
The packed bed model was validated in the past by measuring equilibria and single-
particle – or equivalent (thin layer) – drying kinetics, fitting the product-dependent model pa-
rameters, simulating the deep-bed drying of the 
material considered and comparing the calculat-
ed results with respective experimental data for 
the case of different biomaterials, including 
corn grains, corn on the corn-cob, wheat grains, 
poppy seeds, potato cubes, etc. [2-4]. The same 
type of validation has been carried out for coal. 
The product-dependent parameters have been 
taken from [6], as presented in tab. 2. 
The influence of heat transfer mecha-
nisms, as explained previously in the section 
Transport characteristics, is calculated for lig-
nite particles (the properties of lignite particles 
are given in tab. 3) and presented in fig. 3. It is 
clear that convective heat transfer (solids-to-
gas) prevails for common values of Peclet criterion related parameter (uG,in > 1.0 m/s). The 
particular transfer mechanisms are jointly addressed through the equivalent Nusselt criterion 
specified in the eq. (24) and utilized in the model. 
Table 3. Properties of lignite particles 
The respective data have been systematically compared with results obtained using 
the model developed in the course of the work presented herein. Example of data comparison 
is published in [5, 39]. 
Validation of fluid bed model 
A completely new set of experimental data was obtained using Sherwood fluid bed 
dryer apparatus. Mentioned apparatus was upgraded with parallel measurement equipment in 
Figure 3. Influence of axial heat transfer (A1), 
heat transfer between solid and gas phase (A2), 
and intra-solids heat transfer (A3) for the packed 
bed of coal particles, calculated on the basis of 
the properties of lignite particles given in tab. 3 
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order to check additionally data obtained from original apparatus. The Kolubara coal (lignite) 
samples having granulation from 1.5 mm to 4 mm and initial moisture content about 1.0 were 
dried applying hot air with inlet temperatures from 60-20 °C and inlet velocities from 0.6 m/s 
to 3.1 m/s. Comparison of simulation and experimental data for the case of fluid bed coal dry-
ing (obtained results for only two types of coal particles, with properties given in tab. 3) is 
presented in figs. 4 and 5. 
 
Figure 4. Simulated and experimentally determined lignite drying kinetics in a fluid bed; Yin = 0.008, 
uG,in = 1.9 m/s, MS,0 = 0.21 kg; (a) dS,d = 1.5 mm, X0 = 0.969, (b) dS,d = 2.57 mm, X0 = 0.939 
 
Figure 5. Simulated and experimentally determined lignite drying kinetics in a fluid bed; Yin = 0.008, 
dS,d = 1.5 mm, X0 = 0.969, MS,0 = 0.21 kg; (a) uG,in = 1.2 m/s, (b) uG,in = 1.9 m/s 
Effect of particle size and air inlet temperature 
It is obvious that the drying should be faster for the case of smaller coal pieces, because 
of smaller intraparticle resistance, eq. (13), and because of the superior specific surface area 
causing a more intensive moisture transport from the material surface to the surrounding air, eq. 
(14), but it was not perceptibly pronounced for low granulation used in the recent experiments 
(fig 4). The key explanation should be the observed additional grinding of coal particles during 
experiment. On the other hand, drying is faster in the case of higher air temperature due to supe-
rior difference between the partial pressure of water vapour (air humidity) at the material surface 
and the partial pressure of water vapour in the surrounding air (air humidity), eqs. (14)-(17). 
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In both cases, calculations/experiments were carried out down to the predetermined 
final moisture content of approx. 0.2. Certainly, the coal could be dried to the final moisture 
content lower than this value, down to a limiting final value set by the equilibrium moisture 
content, which is dependent on the parameters of the air contacting the material. Prolonged 
coal drying in order to reach the equilibrium moisture content, from the point of view of the 
economics of the entire process, including subsequent combustion, makes not much sense. In 
addition, coal leaving the drier continues to dry, and is going to lose additional few percent of 
its moisture content. 
Effect of air flow-rate 
In fig. 5 the changes of coal moisture content (height-averaged) with time, obtained by 
experiment and simulation, are shown for the case of a coal diameter (1.5 mm) and for two extre-
me inlet air temperatures (60 °C and 120 °C) for two given air velocities (1.2 m/s and 1.9 m/s). 
On the basis of the experiments and numerical calculations, it can be concluded that the lower air 
flow-rate, i. e. inlet air velocity, will induce longer drying time. It is obvious that the drying 
should be faster for the case of higher air velocities, because of the higher gas-side heat transfer 
coefficient, αS,G, eq. (25), as long as there is a sufficient moisture content at the solids surface. 
Conclusions  
• An overview of the current status of low-rank coal upgrading technologies, particularly with 
respect to exploitation of drying procedure is presented. Typical methods used nowadays to 
reduce moisture content of coal are concisely described. Comparison of energy consump-
tion in case of different coal dryers, as well as some aspects of the SHS drying process, 
with particular consideration of low-rank coal drying specifics, is given. 
• A mathematical model originally developed for packed bed drying of biomaterials is briefly 
explained. With respect to the results presented in this paper it should be pointed out that 
the model was originally developed for conventional convective drying, where wet cold 
materials are dried by the means of preheated air, but it was also successfully used for a 
somewhat non-typical convective coal drying process applied after a high-pressure steam 
drying treatment, where already heated material is dried and cooled using ambient air [5]. 
• A fluid bed drying model and respective numerical procedure are described in detail. The 
model is developed in order to explore the influence of drying agent (hot air, SHS, etc.) 
parameters (temperature, humidity, flow-rate) and material-related parameters (particle 
size) on the coal drying process, as well as to test drying process efficiency. The proper-
ties of lignite particles used both in experiments and simulation are defined (tab. 3). Nec-
essary parameters associated with single-particle drying kinetics and sorption equilibria 
of the considered coal variety (lignite – tab. 2) were verified and used in calculations per-
formed. A comparison of simulated and experimentally determined height-averaged lig-
nite drying kinetics in a fluid bed is given and discussed. 
The future work will be focused at the investigation (experimental and numerical) of 
new possibilities of reduction of energy consumption, similar to, for example, the new self-
heat recuperation technology proposed by Aziz et al. [45].  
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Nomenclature 
A – cross-section of the bed, [m2] 
a, b – exponents of eq. (16) 
A1 – axial heat transfer as defined by eq. (20) 
A2 – fluid-to-solids heat transfer as defined 
by eq. (21) 
A3 – heat transfer inside the solids as defined 
by eq. (23) 
ab – bed specific surface area, [m2m–3] 
AK – coefficient with dimensions as defined 
by eq. (17) 
B0 – coefficient with dimensions as defined 
by eq. (16) 
c – specific heat capacity, [Jkg–1K–1] 
d – diameter, [m] 
D – dispersion coefficient of solids, [m2s–1] 
f – volume fraction 
g – acceleration of gravity (=9.81 ms–2) 
h – bed height, [m] 
(HBE)B – overall volumetric heat transfer  
coefficient between bubble and  
suspension based on volume of  
bubbles [Wm–3K–1] [37] 
k – diffusion coefficient (= 0.15) 
kb – relative thermal conductivity defined  
by eq. (18) 
ki – internal mass drying coefficient, [s–1] 
(KBE)B – overall coefficient of gas interchange 
between bubble and suspension based 
on volume of bubbles [s–1] [37] 
M – mass, [kg] 
M?  – mass flow-rate, [kgs–1] 
M?  – molecular mass, [kgkmol–1] 
nD, nT – exponents in eq. (17) 
p – pressure, [Pa] 
r – heat of evaporation, [Jkg–1] 
SΦ – general source term as defined  
by eq. (1) 
T – temperature, [°C, K] 
u – velocity, [ms–1] 
u?  – velocity vector 
V – volume, [m3] 
X – material moisture content (dry basis), [–] 
Y – gas moisture content (dry basis), [–] 
z – axial co-ordinate, [m] 
 
Greek symbols 
α – heat transfer coefficient, [Wm–2K–1] 
β – mass transfer coefficient, [ms–1] 
ΓΦ – general diffusion coefficient as defined  
by eq. (1) 
δ – diffusion coefficient, [m2s–1] 
η – dynamic viscosity, [Pa·s] 
λ – thermal conductivity [Wm–1K–1] 
ρ – density, [kgm–3] 
φ – relative air humidity, [–] 
φ – sphericity of particulate solids, [–] 
Φ – general dependent variable, [–] 
ψ – bed void fraction, [–] 
τ – time, [s] 
Dimensionless criteria 
ArS  – Archimedes criterion, 3 2
S S S G G( )g ,d ρ ρ ρ η−− [–] 
NuS  – Nusselt criterion, 1S,G S G ,dα λ−  [–] 
PeS – Peclet criterion, G,in F S F[ ( ) / ]u c dρ λ=  
Pr  – Prandtl criterion, 1G G G ,c η λ−  [–] 
ReS  – Reynolds criterion,
1
S G G G ,d u ρ η−  [–] 
Subscripts 
at – atmosphere 
ax – axial 
b – bed 
B – bubble, bubble phase 
d – dry 
E – suspension phase 
eff – effective 
eq – equilibrium 
F – fluid 
G – gas 
i – internal 
in – inlet 
L – liquid 
lam – laminar 
m – moisture 
mf – minimum fluidization 
S – solids 
sat – saturated 
sf – surface 
turb – turbulent 
V – vapor 
0 – initial, superficial 
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